The absorption process is strongly influenced by the effective contact area. In absorber columns, this is related to the type of the internals used in the columns. Therefore, a good representation of the effective mass-transfer area and mass-transfer coefficients (k L or k g ) is also essential for accurately represent and design a process. For CO 2 capture process packed columns are usually preferred. The mass transfer area and coefficients for several packing (both structured and random) are correlated elsewhere. In this work mass transfer experiments using concentrated MEA solution in the Procede acid gas treating pilot plant are performed. However, due to the fast reaction between MEA and CO 2 , both the gas side and liquid side mass transfer resistances are relevant and the mass transfer area cannot be determined experimentally. Nevertheless, the volumetric mass transfer coefficient is calculated and it showed to be relatively constant for all the runs. The results from the pilot plant are compared to simulated results using Procede Process Simulator (PPS). The mass transfer area and mass transfer coefficients were calculated through the default correlations implemented in PPS. Very good agreement is achieved between the experimental and simulated results.
Introduction
CO 2 capture processes have been widely studied and the technology knowledge and employment had increased considerably. Several technologies can be applied for mitigating the CO 2 emissions from flue gases. However, the state of the art is still the absorption with chemical reaction [1, 2] . The first full scale plant for CO 2 post combustion capture, the Saskpower Boundary Dam 1 million tonnes CO 2 /year plant [3] , had been recently put into operation and is based on the traditional absorption/desorption process. Despite this notable achievement, there are still more to be done both in terms of research and, mainly, in terms of application.
Several equilibrium and physical properties data had been measured for amine based solvents, especially for the most common solvents such as monoethanolamine (MEA), methyldiethanolamine (MDEA) and piperazine (PZ). The kinetics of CO 2 with many aqueous solutions of alkanolamines is well known. Versteeg et al. (1996) [4] compiled and correlated several experimental data on CO 2 rate of absorption in different aqueous alkanolamines solutions. That information is by all means required for a good interpretation and representation of the process, specifically for process simulation and optimization. Nevertheless, the absorption process is strongly influenced by the effective contact area. In absorber columns, this is related to the type of the internals used in the columns. Therefore, a good representation of the effective mass-transfer area and mass-transfer coefficients (k L or k g ) is also essential for accurately represent and design a process. For CO 2 capture process packed columns are usually preferred. The mass transfer area and coefficients for several packing (both structured and random) are correlated elsewhere [5, 6, 7] .
Nomenclature
To validate a model, pilot plant data is often employed. Reported tests on pilot plants usually shows the energy requirements and/or the best operational conditions for a particular solvent [8, 9, 10] . Those types of data can as well be used for model validation. When the simulation does not match the experimental results, the mass transfer area and/or the mass transfer parameters are generally optimized. This is usually done because the correlations used to calculate mass transfer area and parameters uses data generated in different conditions as the absorption process is applied. For instance, the solvent is usually diluted. Contrary to other studies [11, 12, 13] this work performed mass transfer experiments using concentrated MEA solution in the Procede acid gas treating pilot plant. However, due to the fast reaction between MEA and CO 2 , both the gas side and liquid side mass transfer resistances are relevant and the mass transfer area cannot be determined experimentally. Nonetheless, the volumetric mass transfer coefficient is calculated and it showed to be relatively constant for all the runs.
The results from the pilot plant are compared to simulated results using Procede Process Simulator (PPS). The mass transfer area and mass transfer coefficients were calculated through the default correlations implemented in PPS. Very good agreement is achieved between the experimental and simulated results.
Theoretical background
A common way to model the performance of an absorber is through a series of resistances as expressed in Eq. 1.
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If the experiment is carried out in the so-called pseudo-first order regime, the following condition must hold [14] : 2 Eq. 3 expresses the Hatta number for the pseudo-first order reactions involving MEA and CO 2 . The infinite enhancement factor expression will depend on the theoretical model and it's given elsewhere for the different models. In this work, the reaction rate constant and the CO 2 diffusion coefficient are calculated according to [4] .
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When the pseudo-first order regime is attained, the enhancement factor can be considered equal to the Hatta number, and 4
The expression for the volumetric mass-transfer coefficient (Eq. 5) is derived from the differential mass balance along the absorber [12] .
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When the experiment is carried under certain conditions, the gas-side resistance may be neglected and, as seen from Eq. 1, the overall mass transfer coefficient equals the parameter . Once the overall mass transfer coefficient is known, the effective interfacial area of the packing can be calculated through Eq. 5. Figure 1 shows the simplified flow diagram from the Procede pilot plant. The plant design is based on the traditional absorption/desorption process [15] . From a 3 kW blower air is blown to a humidifier to saturate the gas. Prior to the humidifier inlet, pure CO 2 is added to the stream until a desired CO 2 concentration is achieved in the gas stream. From the humidifier, the saturated gas enters the bottom of the absorber where it meets the lean solvent which flows countercurrent. The rich solvent leaving at the bottom of the absorber is sent to the regeneration section while the low CO 2 concentration gas leaving at the top of the absorber is vented to the atmosphere. The gas flow can be measured between 40-140 m 3 /h via the calibrated vortex gas flow meter. This corresponds to a superficial gas velocity of approximately 0.3-1.2 m/s.
Procede pilot plant
The rich solvent is sent to the top of the desorber after passing through a cross flow heat exchanger. The energy required for regenerating the solvent is provided by an electrical reboiler. The lean solvent is sent back to the absorber passing through the cross flow heat exchanger and a cooler before entering at the top of the absorber. The vapour leaving the top of the desorber is passed through a cooler where water and solvent are condensed. The condensate is returned to the system while the resulting gas (almost pure CO 2 ) is released to the atmosphere.
The absorber consists of a transparent 8. The desorber is a double walled 8.5 meters high 304 stainless steel column with 100 mm internal diameter and 3 mm wall thickness. A Mellapak 250Y structured packing is installed with a bed height of 6.92 m. Similar to the absorber, five temperature indicators are installed at different packing depths, together with one temperature indicator on the desorber sump. A pressure indicator is installed at a packing depth of 5.03 m.
Experimental procedure
Approximately 180 liters of a 30 mass % MEA aqueous solution was gravimetrically prepared and filled into the pilot. A liquid and gas flow was set and CO 2 was added to the blown air controlled by a pneumatic valve so that its inlet concentration was about 2% vol. The inlet and outlet gas concentration were continuously sampled. Liquid samples were taken at the lean loading line before the lean solvent enters the absorber and right after the absorber sump (rich line). Once the temperatures, pressures and flows were stable, the pilot was left for at least 2 hours running before liquid samples were taken. After the samples were taken, a new condition was set by mainly varying the liquid and/or gas flow. The CO 2 concentration in the gas was measured at absorber inlet and outlet conditions through an IR CO 2 analyzer. The gas flow was varied from 55 to 85 m 3 /h while the liquid flow was varied from 180 to 400 kg/h. The reboiler temperature was set to 125 ºC for all runs. A total of 19 experimental points were generated.
The CO 2 absorbed form the gas was calculated in two different ways: mass balance based on the gas and liquid streams. Acid-base titration was used to determine the amine concentration in the liquid samples. The CO 2 concentration in the liquid samples was determined via non-aqueous titration [17, 18] in a Procede customized apparatus.
Results and discussion
The infinite enhancement factor was calculated using the film theory [4] . The Hatta number was calculated using the kinetic parameters from [4] , the liquid side mass transfer coefficient model from [5] and physical properties calculated from default PPS correlations [19] . The experiments were carried under the pseudo-first order regime given that all experiments fulfill Eq. 2.
The deviation between the mass balance calculated from the gas and liquid streams are within 10%. For the comparison with PPS, the experimental absorbed CO 2 is calculated from the gas side.
PPS was used to simulate the experimental runs and the gas inlet and lean solvent experimental conditions were used as inputs in PPS to simulate the pilot plant absorber. The experimental and simulated outputs of the absorber (rich solvent and clean gas) were compared. PPS uses a rigorous rate based model to calculate the absorber performance. All mass transfer and kinetic correlations used were the default correlations in PPS. The interfacial area and the liquid side mass transfer coefficient were calculated using Billet and Schultes correlation [5] while the gas side mass transfer coefficient was calculated using Onda and coworkers correlation [6] . Figure 2 shows the good agreement between the simulated and experimental absorbed CO 2 . It's also seen that PPS mainly under predicts the amount of CO 2 capture. Nevertheless, this under prediction is within 10%.
The agreement between the experimental and simulated rich loadings was excellent. Except for two runs the agreement was within 5% as shown in Figure 3 . The liquid flow rate for the rich stream presented an even better agreement. Except for two runs, all runs showed deviations between experimental and simulated below 1.5 %. From these observations, it's possible to conclude that PPS is able to satisfactorily represent the pilot plant for the MEA campaign using its default correlations. Figure 2 , nevertheless, may indicate that the interfacial area should be slightly increased to allow more capture. In PPS simulations no heat loss was assumed. In the acid gas treating pilot plant the absorber is made from a transparent material and it's not thermally isolated. So, it's expected to have a significant heat loss as seen in Figure  4 . Nevertheless, it's still possible to see the expected trend in the temperature profile for the absorber where the middle of the column is warmer than the top and bottom. For the experiments performed, both gas and liquid side mass-transfer resistances (Eq. 1) are relevant and none can be neglected, to simplify the calculation of the overall mass-transfer coefficient. This is mainly due to the fast kinetics between MEA and CO 2 . With that, the interfacial area cannot be isolated from the overall mass transfer coefficient in Eq. 5. The volumetric mass-transfer coefficient seems to be constant at around 0.2 m/s for all runs. From the default correlations implemented in PPS, the simulated volumetric mass-transfer coefficients are also calculated. The agreement between the experimental and calculated volumetric mass-transfer coefficients were within 20%, except for a few measurements. The calculated volumetric mass transfer coefficient was higher than the experimental for most of the runs as shown in Figure 7 .
The results shown in Figure 7 indicate that there is a strong interaction between the liquid side mass transfer coefficient, gas side mass transfer coefficient and interfacial mass transfer area which keeps the volumetric mass transfer coefficient relatively constant. One interpretation from Figure 2 is that the mass transfer area should be greater than what is calculated by the correlation. By increasing the mass transfer area, the amount of absorbed CO 2 is also increased if all other coefficients are kept constant. In Figure 7 , it's seen that PPS estimates a higher volumetric mass transfer parameter. If the area is increased and all other parameters are kept constant, the deviation between the estimated and experimental volumetric mass transfer parameter shall increase, indicating that there is a change in other mass transfer parameters which keeps the volumetric mass transfer parameter constant.
The mass transfer parameters are usually estimated using a general correlation as, for example, in [5, 6, 7] . These correlations are, as mentioned, general and were estimated outside the process conditions for the CO 2 capture process. A common approach in simulations is to fine tune the mass transfer parameters using pilot plant data, so that the calculated results match the experimental data. The experimental results given in this work, therefore, can contribute to validate the mass transfer parameters correlations. Although the comparison cannot be directly with the individual mass transfer parameters, the results from this work can be used to optimize the volumetric mass transfer coefficient and, thus, increasing the understanding of the process and simulation accuracy. 
Conclusions and recommendations
The Procede pilot plant was used to determine the volumetric mass transfer coefficient of the Pall rings dumped packing used in its absorber. A 30 wt. % MEA aqueous solution was used as the solvent. The mass balance was calculated in two ways, using the gas and liquid analyses. The two procedures are in good agreement and the mass balance calculated through the gas analysis was chosen to be used for further comparisons.
PPS was used to simulate the pilot plant runs using its default correlation. The inlets of the absorber (gas and lean solvent) were assumed to be known from the experimental results and the output of the absorber were calculated. The agreement between the simulated results and the experimental was very good, especially for the rich solvent flow and rich loading. The amount of CO 2 captured calculated through PPS was usually lower than the experimental suggesting that the calculated mass transfer area should be increased.
Due to the conditions of the experiments, both the liquid side and gas side mass transfer resistances are relevant and none can be neglected to simplify the calculation of the overall mass transfer coefficient. Thus, the mass transfer area cannot be experimentally determined, but instead the volumetric mass transfer coefficient. The experimental volumetric mass transfer coefficient was rather constant for all 19 runs. The calculated volumetric mass transfer coefficient using PPS was in good agreement with the experimental ones.
To independently measure the mass transfer area and coefficients, the experiment must be performed so that one can eliminate the effect of one of the mass transfer resistances. With real process conditions, aqueous solution of MEA is not suited for this type of experiment due to its fast kinetics with CO 2 . Tests with aqueous solution of DEA will be performed to determine independently the mass transfer area of the absorber packing.
